PINCH TECHNOLOGY EXPLAINED 

Phil Thompson, Sugar Knowledge International Ltd, England 

Pinch Technology, a rigorous method of examining the supply and demand balance of energy in process plants, is now becoming mature technology but is not well understood or adopted in sugar refining. The paper describes the method and its techniques and its applicability to refining, explaining why it is preferred to less rigorous approaches. A companion poster describes some practical results from applying it in sugar refineries. 

Pinch Technology is applied to an entire site, not just to the process itself or to a section of the plant. However, the first stage of an audit is to calculate the theoretical demand for energy in the process as this provides the 100% efficiency model against which to compare the practicality. The techniques then seek to optimise the use of available energy in the various heating duties around the site. The optimisation is done by allocating costs to the energy in different streams. 

What may appear to be self-evident but is often forgotten is the need to also apply the method to the supply and demand balance of water as every m³ of water which comes in is heated up and then cooled down again, particularly in a process such as sugar refining where an essentially dry feedstock is used to produce a dry product. 

Introduction

Although people have a reasonable grasp of their energy consumption they do not understand what they could do if their situation changes and there is a driving force to reduce that consumption.  Pinch Technology is a rigorous auditing technique which allows one to evaluate how best to approach such a problem.  It is not a new technology any more but it is not known to many in the sugar industry and is certainly not well understood by those who do know it.

We call it a rigorous procedure because the technology is a mathematical procedure based on the laws of thermodynamics & heat transfer.  It analyses any process to determine the benchmark minimum heating & cooling required to operate the process and then determines the economic optimum energy consumption.  That, of course, is an energy / capital trade-off.

It should be stressed that it is a tool for engineers, it is not a magic solution.  The other point to stress is that, although it can be applied at a micro or macro level, Pinch Technology delivers the best results when applied holistically to the entire plant or site.  In addition, because so much heating and cooling is related to water flows in a sugar refinery, the technology also focuses on auditing water use.

Fundamentals

A process typically includes fluid streams flowing into and out of various reactions.  For the purposes of Pinch Technology, each stream in a plant is designated as a ‘hot’ stream or a ‘cold’ stream.  That is not to say that the particular stream is hot or cold as the case may be : it is ‘hot’ if it requires cooling or provides heat; it is ‘cold’ if it requires heating or provides cooling.

Heat exchange is assumed to always be counter-current and, in the first analysis, it is assumed that any two streams can be passed through any heat exchanger.  [This is later moderated to exclude obviously uneconomic duties.]

Pinch technology works with the ‘heat capacity flow rate’ or HCF of streams, in other words the product of the mass flow rate [kg/s (lb/h)] and the specific heat [kJ/kg/°C (MMBtu/lb °F)].  The units are therefore kW/°C (MMBtu/h°F).
The heat exchange process is normally presented graphically as a plot of the temperature against the enthalpy in which case the HCF is the inverse of the slope of the curve.  A simple heat exchange example is given in Figure 1.
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The smallest temperature difference between the two streams, dTmin, occurs where the stream with the largest [in this case larger] HCF enters the unit operation.  This is termed the ‘pinch’ point, the significance of which will become apparent later.

It can be seen that where condensing steam is being used as a heating medium the hot fluid line will be horizontal because the temperature remains constant but the enthalpy falls as the latent heat is used to heat the cold fluid.  

In instances where both fluids have the same HCF [a heat recovery exchanger where the outflow is used to pre-heat the inflow would be a good example] then the two lines are parallel and dTmin occurs throughout the exchanger.

If this thinking is applied to a possible evaporator condenser where the vapour is at 55 °C and there is a ‘cold’ process stream available at 35 °C.  The question is, what is the optimum outlet temperature of the cold stream? 






The limits of the calculation are clearly from just above 35 °C [virtually no condensing] to almost 55 °C but as the value increase so does the required surface area and hence the capital cost of the unit.  The dTmin is usually called the Minimum Approach Temperature and different MAT’s can be used to calculate the different HT surface area requirements and the amount of energy saved by not having to heat the process stream :

Table 1 : Effect of Different Minimum Approach Temperature

MAT

[°C]
Cold Stream Exit

[°C]
Energy Saving

KW h
HT Surface Area

[m²]

16
39
1 500
60

12
43
3 000
140

8
47
4 500
242

4
51
6 000
418

It is now possible to optimise the condenser by taking the annualised cost of the capital equipment and the annual energy cost savings for each MAT.  The data in Figure 3 is actually from a cane factory:


It can be seen from the total cost curve that, in this particular case, the optimum MAT is somewhere between 4 and 5 °C.

There is nothing special in any of the above, it is what all chemical engineers are taught but it does help to set the scene.  So far it has been shown that a single heat exchanger can easily be economically optimized and that fuel cost, operating hours, capital cost/area, heat transfer coefficient all play a part in the optimisation.  It can also be seen that, in general, bigger HT surface areas lead to lower energy consumption but you have to spend capital money [HT area] to save operating costs [fuel].
Composite Systems 

In practical situations there are usually several streams at different conditions.  Because enthalpy is relative it is valid to slide the curves across the graph provided that the temperatures are correct.  Plotting some streams from a process might therefore yield a graphical representation like Figure 4 :

As discussed previously the pinch point occurs where the cold streams are closest to the hot streams.  What the curves also show is that the total cooling required for the hot stream is not delivered by the heat exchange alone and nor is the total heating required for the cold stream.

Because we have the ability to design for a particular dTmin it is possible to examine what happens if a different value is selected.  A greater value is shown in Figure 5 :


It can be seen that the larger the pinch point, the more that external energy is required for heating and or cooling but the smaller the HT surface area requirement.  That is no different than the single heat exchanger example from before.

Note that the streams are brought to the pinch point by the heat exchange between streams, not the heat exchange with the utilities.

An example of a composite but relatively simple system which is directly applicable to sugar refining would be a gas fired boiler station.  The boiler can be viewed as a black box which produces steam at the required conditions, taking in fuel gas, combustion air and feedwater to do so and also discharging flue gas.  The streams which are relevant to Pinch Technology are as follows:

Feedwater at 100 °C say, needs heating to 252 °C :
a cold stream

Combustion air at 30 °C say, needs heating to 400 °C :
a cold stream

Flue gas at 400 °C say, could be cooled to ambient :
a hot stream

The data for these streams can be tabulated:

Table 2 : Gas Fired Boiler


Inlet

[°C]
Exit

[°C]
Enthalpy

KW 
HCF

[kW/°C]

Flue Gas
400
30

9 630
26

Feedwater
100
252

-9 460
62

Comb. Air
30
400

- 8 076
22

Neither cold stream is sufficient to cool the hot stream to ambient and, in any case, the feedwater is too hot to do all of the cooling.  A typical solution is represented graphically in Figure 6 and as a block diagram in Figure 7 :











A boiler duty is somewhat different from normal of course in that it is not essential that the hot stream be cooled down to ambient temperature.  In the above example there is no utility cost in cooling the gas down below the 111 °C achieved by pre-heating the combustion air but there is a cost to heating the cold streams above the 196 °C.

In practice the actual dTmin selected will be determined by the same optimisation as explained in the simple heat exchanger case.  In this particular case it may well make sense to keep shifting the cold stream graph to the left until the temperature of the hot stream leaving the system drops to 100 °C : condensing the water moisture from the hydrocarbon combustion recovers the latent heat and improves the efficiency of the boiler [you are claiming the gross calorific value of the fuel, not the net value].  Note, however, that this can only be done with a clean fuel like gas as, otherwise, sulphur corrosion or tube blocking from dust adhering will occur. 

Pinch Technology for Sugar Refining 

Sugar refining, like any other process, involves heating and cooling of process streams.  Pinch technology can be used to analyse these streams and predict a target energy consumption for a given value of dTmin.  This value is chosen according to the prevailing economics, as outlined above.

Sugar refineries in general are operated round the clock for at least 5 days per week, giving long operating hours per year.  The materials of construction are inexpensive, usually carbon or stainless steel and temperatures and pressures are low.  Fuel is usually purchased fossil fuel that is expensive to buy.  The combination of long operating hours, cheap heat exchangers and expensive fuel always leads the analysis to produce an optimum dTmin that is very low – frequently below 5 °C.

The high latent heat of water dominates sugar processing and the standard technology of boiling a high brix liquor to produce a massecuite still requires the evaporation of substantial amounts of water under vacuum.  For this reason the condensing of the vacuum pan vapour causes the pinch in a sugar refinery:


For the 8°C case above the energy consumption is predicted as 39 396 kW of heating.

Heat recovery

The steep narrow initial section of the cold composite curve (right curve) above shows the limited opportunity for recovering heat below the pinch.  Typically the streams below the pinch are limited to cold water for process duties and for boiler feed water make-up.

Assuming that the vacuum pan vapour is condensing at 55 °C (15.8 kPa abs or 25.3 inches Hg) we should design to heat any cold water streams up to about 50 °C using condensing pan vapour in a surface condenser.  The exact temperature would be determined by an economic optimisation.

In principle we should also aim to heat up any ambient air streams to the same temperature, for example the heat from vacuum pan vapour could be used to preheat boiler combustion air and sugar drier air. These ideas are rarely implemented as the low heat transfer coefficients on air heaters and the physical separation of unit processes often make for high capital costs.

Reducing latent heat load
Process modifications can be guided by Pinch Technology.  For example, to reduce hot utility consumption one should try to reduce the heat load of cold streams above the pinch and to reduce the cold utility the heat load of hot steams below the pinch should be reduced. 

In sugar refining both of these are achieved by reducing the latent heat load around the vacuum pans – in other words reducing the water evaporation in the pans.  This means operating vacuum pans with a feed brix as high as practical – at least 72 and probably 74 to 76 for minimum energy consumption.  It also means adding as little water as possible direct into the vacuum pans.

Traditional sugar technology issues such as achieving the maximum crystallisation yield in the pans and following up with the minimum crystal dissolution in the centrifugals also have a role to play – better yield means less solids in circulation which in turn means less water to evaporate.

Most refinery processes require a lower brix for filtration and purification than can be accommodated by the vacuum pans, which allows evaporators to be used to increase the feed brix to the pans.  At their simplest, evaporators rely on multiple effect techniques to give them an advantage – a double effect evaporator ahead of a single effect vacuum pan – however Pinch Technology can guide us to the optimum evaporator configuration.

Optimum placement of evaporators

The best way to approach evaporators in Pinch Technology is to handle them separately to the rest of the process.  There are two reasons for this, firstly the evaporators themselves often appear to be the pinch point in a conventional analysis and secondly there is usually considerable freedom about the temperature level and number of effects in the evaporator.

By separating out the evaporator from the “background process” we can optimise the process heat recovery and then fit the evaporators to the resulting process.

The guiding principle of designing evaporators is to ensure that the heat output of the evaporators does not cross the pinch.  Evaporators should both receive hot utility and supply heat to cold streams above the pinch, alternatively they should be heated by heat exchange with process hot streams below the pinch and discharge heat into cold utility.

A traditional two-effect fine liquor evaporator discharging vapour into a condenser is an example of a cross pinch evaporator that does not give the lowest energy consumption.

To understand this concept fully, it helps to think of the process in two separate halves.  Above the pinch temperature is a process involving heat exchange and the consumption of hot utility, below the pinch is a process involving heat exchange and rejection of heat to cold utility.

At the target energy consumption for a given value of dTmin there will be no heat flow from above the pinch to below it:

Here the target values for hot and cold utility are Qh and Qc respectively.  Each sub-process has a heat balance in the above diagram, so if we pass a quantity of heat X from above to below the pinch we will disrupt the heat balance of both:

Here we see the transfer of X kW of heat across the pinch, increasing both hot and cold utility requirements by X kW.  This is a consequence of both sides of the pinch being in equilibrium heat balance with utility flows Qh and Qc.
A well placed evaporator will avoid creating a cross pinch heat flow X, or at least will minimise it, and consequently the effect on heating and cooling loads will be minimised.

We can represent an evaporator effect as a “black box” where heat enters the top of the box to boil off the water and the same amount of heat is rejected from the bottom of the box. The diagram below shows an evaporator optimally placed above the pinch:


The evaporator reduces the temperature of the hot utility but doesn’t change the amount of heat substantially.  This approximation is strictly only valid when the feed and exit temperatures of the process fluid being evaporated are the same, however the error is usually small if the feed is sub-cooled by only a few degrees.

As well as deciding where to put the evaporator in temperature terms, we also have to decide how many evaporator effects to use.  If there is a very large demand for heating and we can operate the evaporator hot enough then a single effect may suffice.  If there is only a small demand for heating a 2 or 3 effect evaporator with vapour bleeding to heaters may be required.  The shape of the process cold composite curve often makes the decision for us:


Vapour recompression

Heat pumps or vapour re-compressors increase the temperature level of a large quantity of heat by adding a smaller quantity of work.  If they are to reduce the hot and cold utility demand then they should be placed across the pinch, taking heat from below the pinch and using it above the pinch.

If a vapour compressor is placed entirely above the pinch the work input reduces the hot utility demand but it is seldom worth using expensive work (eg electrical power) to reduce the consumption of a cheaper utility like heating steam.

A refinery could substantially reduce its heat consumption by using vapour re-compression around the vacuum pans – taking pan vapours and compressing them up to use them again to heat the pans.  The boiling point elevation is not helpful as it forces a high pressure ratio to be used in the compressor which in turn increases the amount of work required to upgrade a given amount of heat.  Continuous pans would be useful for this application as they have lower head and operate with smaller values of dT, reducing the compressor pressure ratio.

Re-compression is very uncommon, only being practised where electricity is very cheap and fuel very expensive.  Even then the capital cost of a large compressor for handling vacuum pan vapours can be prohibitive.

Heat recovery from condensate 

Condensate from vacuum pans or evaporators should be included n the analysis of hot and cold streams when determining the pinch point.  In refineries these streams are usually not used for heat recovery because they are recycled and frequently have the same supply &  target temperatures. 

There is little point in recovering heat from evaporator condensate if that condensate is then returned to a boiler or transformer evaporator for re-heating.  Equally if condensate is to be used for melting raw sugar its temperature should be maintained to reduce the heat load in the melter.

Where possible boiler feed systems should be designed to receive condensate at the same pressure the steam is supplied at, avoiding the need to flash the condensate and lose high quality water into a lower quality system.  If the flash is to atmosphere it becomes a cross pinch heat flow which increases energy consumption.

Conclusions

Pinch technology is a valuable tool in guiding the design and re-design of process plants including refineries as it ensures that errors associated with ignoring basic thermodynamics are not made.  However it is not a magic solution and the many other rules of handling sugar liquors must also be applied, they cannot be ignored.

It allows us to identify and then derive the cost benefits of changes to the process which will optimise the energy consumption of the refinery.  Whether the actions are identified will depend on the owner’s view of the benefits and his concerns with respect to inflation of his fuel costs.

Although it is not a novel technology and is really only the formalisation of basic principles, it is not applied sufficiently in sugar refining.  Where it is applied, for example at Al Khaleej, the results speak for themselves. 
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Figure 1 : Counter-current Heat Exchange





dTmin





Figure 2 : Possible Evaporator Condenser
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Figure 3 : Annual Costs at different MAT’s





dTmin





Enthalpy kW





Temp °C





Figure 4 : Notional Composite Curves
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Figure 5 : Notional Composite Curves – lower dTmin
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Figure 5 : Gas Fired Boiler Graph





Figure 6 : Gas Fired Boiler Block Diagram
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